ixing behavior of three geometrically equivalent 0.06 m 3 bubble column and airlift photobioreactors was compared for use in microalgal culture. Mixing was characterized in terms of the axial dispersion coefficient, mixing time, circulation time and Bodenstein number. Measurements were reported in tap water and sea water, as used in growing microalgal biomass. Compared with the two airlift reactors (a split-cylinder and a draft-tube sparged device, both of aspect ratio 9.1), the bubble column (aspect ratio ¼ 9.1) had a shorter mixing time at any aeration rate (superficial aeration velocity of up to 0.05 m s 21 in all reactors). Values of the various mixing parameters in the two fluids were quite comparable at identical aeration rates in any specific geometry of the reactors. Existing correlations of mixing times satisfactorily correlated the data in the bubble column, but not in the airlift reactors. The following correlations were established for the airlift devices:
INTRODUCTION
Bubble columns and airlift devices have been advanced as effective photobioreactors for large-scale culture of microalgae (Sánchez Mirón et al., 1999 , 2000 . A knowledge of liquid-phase mixing times, liquid circulation velocities and axial mixing (characterized by axial dispersion coefficients and Bodenstein numbers) is important for design and operation of bubble column and airlift photobioreactors (Sánchez Mirón et al., 1999 , 2000 Camacho Rubio et al., 2003) . This work compares the mixing characteristics of three geometrically equivalent column photobioreactors for use in microalgal culture.
Mixing time, t m , is the time required to attain a given deviation from the fully mixed state from the instance of a tracer input. Mixing time is a global index of mixing and it is affected by axial and radial mixing and the effects of bulk flow. Mixing in airlift reactors is sometimes described in terms of a dimensionless mixing time u m , defined as follows:
where t c is the cycling time, or the time required for one passage through the circulation loop. The dimensionless mixing time is generally observed to depend only on the reactor geometry and not on gas velocity (Chisti, 1989) . Mixing in the axial direction in a bubble column is characterized by an axial dispersion coefficient, E z , which is mainly a function of aeration rate, the geometry of the column and the properties of the fluid (Deckwer et al., 1974; Shah et al., 1982) . In airlift bioreactors, the riser and downcomer zones can have different values of E z under given conditions of operation (Chisti, 1989 ).
In addition, in an airlift loop, an overall value of E z can be identified for the entire circulation pathway (Blenke, 1979; Chisti, 1989) . This overall E z is an averaged value which is related in some unknown manner to the E z values of the riser and the downcomer zones. An axial dispersion coefficient in a gas -liquid system characterizes the axial mixing produced by rising gas bubbles that carry elements of circulating fluid in bubble wakes. Because bubble rise faster than the liquid, a certain amount of liquid is carried forward faster than the bulk flow of the liquid. This produces mixing in the axial direction.
A Bodenstein number is the ratio between the mixing effects of the axial dispersion coefficient and the bulk movement of fluid. Bodenstein number Bo is defined as follows:
where V L is the linear velocity of the liquid, L is the distance between tracer injection and detection points, and E z is the axial dispersion coefficient. A reactor is generally considered as perfectly mixed when Bo , 0.1. Plug flow occurs for Bo values of .20 (Chisti, 1989) .
MATERIALS AND METHODS

The Photobioreactors and Fluids
The photobioreactors used included a bubble column, a split-cylinder airlift device and a concentric draft-tube airlift vessel sparged in the draft-tube (Figure 1 ). All vessels were made from 3.3 mm thick, transparent poly(methyl methacrylate), except for the lower 0.25 m sections that were made from stainless steel (Figure 1 ). The vessels were 0.193 m in internal diameter. The riser-to-downcomer cross sectional area ratio was unity for the split-cylinder and 1.24 for the draft-tube airlift vessel. The internal diameter of the draft-tube was 0.144 m. The draft-tube and the baffle were located 0.091 and 0.096 m from the bottoms of the reactors, respectively. The dispersion height was 2 m, for a working volume of 0.06 m 3 . The fluid was mixed by sparging with air through perforated pipe spargers (13 -17 holes of 1 mm diameter; Figure 1 ). The superficial aeration velocity varied from 0.001 to about 0.05 m s 21 , based on the total cross section of the reactors. The complete geometric details of the culture vessels appear in Figure 1 (Sánchez Mirón et al., 2000) .
Measurements were made in tap water and the Mediterranean sea water. Studies in tap water allowed validation of some of the data by comparing with established correlations. Sea water was used because it is the medium for culturing many microalgae (Sánchez Mirón et al., 1999) . The composition of sea water has been published (Contreras et al., 1998) . The viscosities of sea and tap water were 1.278 Â 10 23 and 0.998 Â 10 23 Pa s, respectively. The viscosities were measured at 208C using a Cannon -Fenske viscometer. The surface tension of the fluids was 72.5 Â 10 23 and 73.5 Â 10 23 N m 21 for sea and tap water, respectively. The surface tension was measured at 208C using a platinum -iridium plate tensiometer (KÜ SS, model K10DT, Germany).
Liquid-phase Mixing Time
The acid tracer method (Chisti, 1989 ) was used to measure the mixing time, defined as the time required to attain a 5% deviation from complete homogeneity from the instance of tracer addition. After the reactor had been filled with the appropriate fluid, the pH was lowered to 2 by adding hydrochloric acid (35% w/v). The vessel was then bubbled with air (U G % 0.03 m s 21 ) for 20 min to remove any carbonates as carbon dioxide. The pH was now raised to pH 4.5 by adding 12 M sodium hydroxide. The acid tracer (40 ml of 35% hydrochloric acid) was now added instantaneously at the center of the surface of dispersion. The pH did not go below 2.0. The change in pH with time was measured using two pH electrodes located in the downcomer at 0.29 and 1.69 m below the surface of the gas-free liquid. The vertical distance between the electrodes was 1.40 m. The pH data were recorded digitally using an IBM PC compatible computer. The dimensionless concentration, C T , of the tracer (hydrogen ion) was calculated as follows:
The axial dispersion coefficient, E z , in the bubble column was calculated as described by Ohki and Inoue (1970) , Towell and Ackerman (1972) and Deckwer et al. (1974) . Thus, E z value was estimated as the best-fit value for reproducing the measured tracer -time profile according to the following equation:
where C T final is the final equilibrium dimensionless concentration of the tracer, C T is the dimensionless tracer concentration [equation (3)] at time t, z is the axial distance, L is the distance from the surface of the fluid to the lower pH electrode, and d is the increase in height of the static fluid caused by the addition of the tracer. In practice, six terms (n ¼ 6) of equation (4) are sufficient for evaluating E z with an error of less than 1%. Equation (4) is obtained by solving the one-dimensional diffusion model (Ohki and Inoue, 1970) :
For calculating the E z value in the riser -downcomer airlift loops, the overall value of Bo for the circulation loop was estimated using Bo as the fitting parameter to obtain a best match between the experimental acid tracer data and the following expression (Blenke, 1979) :
where C T is the dimensionless tracer concentration [equation (3)], u is dimensionless time [equation (7)] and p is the dimensionless distance. At the instance of tracer input, u ¼ p ¼ 0. The dimensionless time u and the dimensionless distance p are calculated as follows:
and
In these equations, t is the instantaneous time, t c is the mean cycle time, L t is the total distance travelled by the fluid at time t, and L c is the length of the circulation loop. The overall E z value was now calculated using the Bo value, the measured liquid velocity V L and the length of the circulation loop, as follows:
Equation (6) is obtained by solving a Fick's second law type diffusion model (Blenke, 1979) :
A typical profile of dimensionless tracer concentration vs time is shown in Figure 2 for tap water in the split-cylinder airlift vessel at a superficial aeration velocity of 0.01 m s 21 . Measured data and the fitted model profile [equation (6)] generally agreed closely, as shown in Figure 2 .
Liquid Circulation Velocity
The average liquid circulation velocity V L and the mean cycling time t c in an airlift reactor are related as follows:
where L c is the length of the circulation loop. The value of L c calculated from the geometry was approximately 3.5 m for both airlift vessels. Figure 2 . Signals from any one pH electrode were used to calculate t c . The linear liquid velocity in the downcomer (V Ld ) was calculated from the known vertical distance between the two pH electrodes and the time interval between the corresponding tracer peaks from the electrodes.
RESULTS AND DISCUSSION
Mixing Time
Mixing times vs aeration velocity data for the three reactors are shown in Figure 3 . For a given reactor and aeration rate, the mixing time values in sea and tap water were quite similar (Figure 3 ), suggesting that changes in ionic strength above a certain minimal value did not significantly affect mixing behaviour. This concurs with similar observations about the effects of ionic strength on gas holdup (Chisti, 1989 (Chisti, , 1998 Sánchez Mirón et al., 1999) that ultimately influences liquid circulation and mixing in pneumatically agitated gas -liquid reactors.
For a given aeration velocity, the bubble column always produced a shorter mixing time compared with the airlift reactors (Figure 3) . Obviously, compared with the chaotic flow in the bubble column, the organized cyclic flow in the airlift reactors impeded bulk mixing. In all reactors, the general trend was a declining mixing time with increasing gas velocity or power input into the fluid. At incipient aeration, the mixing time in the airlift reactors was much more sensitive to aeration rate than the mixing time in the bubble column (Figure 3 ). The dependence of mixing time on aeration rate in the airlift reactors (Figure 3 ) was quite similar to the fluid cycling time profiles in the same reactors (Figure 4) . A comparison of Figures 3 and 4 suggests that, in an airlift reactor, mixing improves if the circulation rate of the fluid is increased, i.e. t c is reduced. This is because rapid cycling causes the fluid to pass more frequently through the relatively well-mixed head zone (Chisti, 1989) of the reactor (i.e. the zone above the upper edge of the draft-tube or baffle). Because the cycling time is sensitive to several geometric variables in an airlift reactor (Chisti et al., 1988; Chisti and Moo-Young, 1993) , mixing time depends primarily on reactor geometry.
The slight increase in cycling time that is observed in Figure 4 with increasing U Gr for U Gr values of !0.02 m s 21 is quite typical of airlift reactors. This phenomenon is associated with micronization of gas bubbles because of increasing turbulence and a buildup of these fine bubbles in the downcomer zone. A consequently reduced difference between the gas holdup in the riser and downcomer reduces the driving force of liquid circulation (Chisti, 1989) .
Although the effect of dispersion height above the baffle was not investigated in this work, this geometric variable is known to significantly influence mixing time (Chisti, 1989) . Within limits, mixing time decreases with increasing dispersion height above the baffle (Chisti, 1989; Gavrilescu and Tudose, 1999) . Reviews of mixing studies in airlift reactors (Chisti, 1989 (Chisti, , 1998 Petrovic et al., 1995) document many correlations for predicting mixing times in these reactors; however, the available correlations have generally proved unsatisfactory for predicting anything other than the data used in obtaining them. For draft-tube airlift reactors, Bando et al. (1998) proposed the equation
where the constant c had a value of 2.2 (draft-tube sparged) or 2.6 (annulus sparged). In equation (12), h D is the height of gas -liquid dispersion, d is the diameter of the reactor vessel and d d is the diameter of the draft-tube. Equation (12) (12) with the data measured in the draft-tube airlift reactor. Although equation (12) is consistent with the trend of the data (Figure 5 ), the equation overpredicts the data by a wide margin for the aeration velocity range 0 , U G , 0.01 m s 21 , where the mixing time is most sensitive to aeration velocity.
Axial Dispersion Coefficients
A typical variation of the axial dispersion coefficient with aeration velocity is shown in Figure 6 for the bubble column and the draft-tube airlift vessel. In both cases, the E z values increased approximately hyperbolically with increasing aeration rate. In any one reactor, the E z values were similar for tap and sea water. Over almost the entire range of aeration rates used, the E z values in the bubble column were significantly greater than in the airlift device ( Figure 6 ). This behaviour was consistent with the shorter mixing times in the bubble column than in the airlift reactors (Figure 3 ). Except at incipient aeration, the E z values in the airlift reactor were relatively insensitive to changes in aeration velocity (Figure 6 ). Figure 7 compares the E z values measured in the bubble column with predictions of the following correlations:
Equations (13) - (15) are due to Ohki and Inoue (1970) , Towell and Ackerman (1972) , and Miyauchi et al. (1981) , respectively. The correlation of Towell and Ackerman (1972) agreed quite closely with the measured data in both fluids. This is shown in Figure 7 for the data obtained in tap water. Compared with equation (14), equation (15) of Miyauchi et al. (1981) slightly underpredicted the data. Equation (13) was clearly unsatisfactory (Figure 7 ). In equations (13) - (15) 
Similar equations satisfactorily correlated our data, as shown in Figure 8 . Although equation (16) recommends a fixed exponent on the gas velocity term, empirical evidence (Deckwer et al., 1974) suggests this exponent to range from 0.3 to 1.2, depending on the flow regime. Equation (16) is essentially the same as equation (14) although the latter equation is purely empirical. Equation (16) (16), the data correlated ( Figure 9 ) better with equations of the form
as recommended by Rice et al. (1981) . In equation (17), b and l are constants, Fr is the Froude number and Bodenstein number is based on the superficial velocity of the gas. Fr and Bo LG are calculated as follows:
Equation (17) (14) and (16) do not reveal this.
As shown in Figure 10 , equations of the same general form as equation (17) correlated exceptionally well the Bo LG values in both airlift reactors and fluids. In airlift reactors, the liquid phase Bodenstein number [equation (2)] correlated with the ratio of the mixing and cycling times, as shown in Figure 11 for both reactors and fluids. The form of the correlation is
where the mean k value for both the airlift reactors and fluids was 9.6 + 0.2. Because from the defining equations [equations (11) and (9)] the cycling time is
and Bo is
equation (20) can be rewritten as follows:
t m (23) where g is a constant. Thus, E z and mixing time are inversely related. This concurs with similar suggestions for bubble columns (Field and Davidson, 1980; Kawase and Moo-Young, 1989) .
